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a b s t r a c t

In this work, a novel combination of fixed and fluidized-bed hydrogen-permselective membrane reactors
for Fischer–Tropsch synthesis (FTS) has been optimized using Genetic Algorithm (GA). This novel reactor
configuration incorporates a fixed-bed FTS reactor with a membrane assisted fluidized-bed FTS reactor.
In the proposed configuration, hydrogen is withdrawn from the fresh feed synthesis gas and is injected
to the end segment of reactor in order to control dozing of hydrogen along the reactor and prevention of
hydrogen waste. A theoretical investigation was performed in order to optimize the reactor performance,

+

luidized-bed
embrane reactor

TS reactor combination
ptimization
enetic algorithm

maximizing C5 production and at the same time, minimizing the CO2 yield as an undesired product.
The optimization was carried out and the results show there is a favorable profile of FTS products along
the optimized combined system relative to the conventional fixed-bed single stage FTS reactor. Optimal
ratio of reactors length, H2/CO ratio, catalyst size, shell and tube pressures of second reactor, hydrody-
namic parameters, gas phase velocity and temperature profile along the reactor were obtained and 45.9%
additional C5

+ yield was resulted in optimized system relative to conventional fixed-bed single stage FTS

reactor.

. Introduction

The Fischer–Tropsch synthesis (FTS) refers to the conversion of
ynthesis gas (CO + H2) into hydrocarbons such as C5

+ and diesel
1]. FTS has become a subject of renewed interest in recent years
ue to an escalation in the price of oil and the discovery of several
as reserves. Parts of the world gas reserves are located in remote
reas and several of them are in offshore regions so that transport
f natural in these cases can become expensive and uneconomical.
he FTS can be used to convert natural gas into liquid hydrocar-
ons, making transport much easier and economical. Furthermore,
great part of the world energy source is based on liquid hydrocar-
ons such as C5

+, kerosene, and diesel, so that conversion of natural
as into liquid transportation fuels is interesting for many countries
nd oil companies [2]. Due to the high demand on C5

+ in the world

nd its higher price relative to that of diesel, production of C5

+ from
he FT process, becomes more favorable. The octane number of C5

+

rom FTS is lower than that of the C5
+ obtained from crude oil pro-

essing, since the C5
+ from FTS mainly consists of n-paraffin. To

romote the yield and quality of the C5
+ from Fischer–Tropsch syn-

∗ Corresponding author. Tel.: +98 711 2303071; fax: +98 711 6287294.
E-mail address: rahimpor@shirazu.ac.ir (M.R. Rahimpour).

385-8947/$ – see front matter © 2009 Elsevier B.V. All rights reserved.
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© 2009 Elsevier B.V. All rights reserved.

thesis, bifunctional catalysts have received extensive attention in
the recent years [3].

The various types of reactors (including fixed-bed, fluidized-
bed, ebulliating-bed, and slurry phase) have been considered in
the history of FTS process development, characterizing with the
most suitable particle size of the catalyst used [4]. FTS is either
low temperature process (LTFT) or high temperature process (HTFT)
depending on the product required. High temperature process oper-
ates at 300–350 ◦C on Fe-based catalysts and is mainly used for the
production of C5

+ and linear olefins while low temperature pro-
cess operates at 200–240 ◦C and is applied for the production of
waxy material [5]. The LTFT synthesis takes places in a three-phase
system. The gas phase contains the reactants and water vapor and
gaseous hydrocarbon products. The higher hydrocarbons compose
the liquid phase, and the catalyst is the solid phase. During HTFT, all
of the products are often vaporized under reaction conditions and
so there are only two phases presents [5].

Conventional fixed-bed reactors are seriously limited by poor
heat transfer and low catalyst particle effectiveness factors because
of severe diffusional limitations with the catalyst particle sizes used.

Smaller particle sizes are infeasible in fixed-bed systems because of
pressure drop considerations [6]. In order to avoid serious pressure
drop, the effective diameter of catalyst particles in fixed-bed reactor
is usually over 2.5 mm, which brings a certain inner mass transfer
resistance.

http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:rahimpor@shirazu.ac.ir
dx.doi.org/10.1016/j.cej.2009.05.016
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A single stage fixed-bed FTS (FixS) was developed in the Research
nstitute of Petroleum Industry (RIPI) to produce high octane num-
er and low sulfur C5

+ by a modified bifunctional Fe-HZSM5
atalyst. Such a process removes the need for a cumbersome
pgrading unit for GTL plants [7]. Ahmadi Marvast et al. simu-

ated the RIPI single stage fixed-bed FTS reactor [8]. The simulation
esults showed a negligible change in temperature and concentra-
ion profiles over 7 m reactor length. Likewise, it has been observed
hat the reacting gas is H2-poor in the second half of the reac-
or and hydrogen adding into the system is necessary. “H2-poor”

eans that the H2/CO ratio is lower than the optimum ratio what
s required for C5

+ production.
In this study, aforesaid reactor is divided in two reactors.

irst reactor is similar to that of RIPI with exception of hav-
ng 7.2 m length. A bubbling fluidized-bed membrane reactor
oncept is proposed for second reactor [9,10] to incorporate
ydrogen-permselective membrane, controlled dosing capabilities
f hydrogen with membrane, and excellent heat and mass transfer
apabilities of fluidized-bed. In this way hydrogen is re-distributed
long the reactor so that the amount of hydrogen fed to the inlet
f reactor is reduced and the amount of hydrogen at the last seg-
ent of reactor is increased. Therefore the proposed system which

s a fluidized-bed membrane dual-type (FMD) reactor is a shell
nd tube heat exchanger that a fixed-bed water-cooled reactor is
ombined in series with a fluidized-bed membrane reactor. Fresh
ynthesis gas is preheated inside the tubes of the second reactor
nd then is fed into the tubes of the water-cooled reactor. Here, the
hemical reactions are initiated by the catalyst and synthesis gas
s partly converted to FTS products. The reacting gas leaving the

ater-cooled reactor is directed into the shell side of the second
eactor which is a fluidized-bed membrane reactor. This reacting
as is flowing through the fluidized-bed in counter-current mode
ith fresh synthesis gas flowing through the tubes and the reactions

re completed in the second reactor [11]. Due to highly exothermic
hemical reactions, the fluidized-bed concept [12] is considered for
he second reactor. The wall of the tubes in the second reactor is
oated with the permselective Pd–Ag membrane which transmits
ydrogen to the reaction side of last segment of reaction side as a
esult of hydrogen partial pressure driving force. Therefore ratio of
ydrogen to carbon monoxide is controlled along the reactors.

This reactor configuration solves some observed drawbacks of
ndustrial fixed-bed FTS reactors such as pressure drop, heat trans-
er problem, internal mass transfer limitations and radial gradient
f concentration and temperature. The phenomenon of hydrogen-
ermselective Pd–Ag membrane is used to obtain a major increase

n production rate by stoichiometric control of reacting gases. By
nsertion of membranes in a fluidized-bed both optimal concen-
ration profiles via controlled dosing of hydrogen and a uniform
emperature along the reactor can be created, so that large improve-

ents in conversion and selectivity could be achieved. In this
espect, the suggested reactor system prevents higher damage to
he membrane wall as a result of very good heat transfer and tem-
erature equalization characteristics of fluidization. Considerable
ttention has been paid to the fluidized-bed membrane reactors as
ulti-functional reactors because of their main advantages such as

nhancement of conversion, best reactants molar ratio on the cat-
lytic surface, simultaneous reaction and separation of hydrogen,
limination of diffusion limitations, superior heat transfer capabil-
ty and a more compact design [13,14].

Fluidized-bed reactors operate at relatively high temperature
nd moderate pressure, producing a relatively light product eco-

omically (mostly C5

+ or lighter hydrocarbons). Fluidized-bed
embrane reactors can be considered in terms of bubbling regime,

urbulent regime, or fast fluidization regime. The choice is likely to
e dictated by competing factors such as compactness, tempera-
ure uniformity, high bed-to-tube heat transfer, and limitation of
neering Journal 152 (2009) 543–555

the forces on and erosion of the membrane surfaces. The latter fac-
tor is likely to be favored by high-velocity regimes (turbulent or fast
fluidization), while the bubbling-bed regime may be best in terms
of the other criteria. So far, all fluidized-bed membrane reactors
experiences have been in bubbling beds [15]. So, we discuss our
concept in terms of the bubbling-bed regime in this research.

In literature, simulation studies with fluidized-bed
Fischer–Tropsch reactor are quite limited. Liu et al. experi-
mentally developed and demonstrated a novel dry fluidized-bed
reactor system (called “heat tray”) for FT synthesis from a low
H2/CO gas [16]. The results indicated very high heat transfer
coefficients between a shallow bed and its immersed horizontal
heat-transfer tube. Then, Sasol R&D investigated a fluidized-bed
system for FTS pilot plant due to increase the production capacity
and overcome the limitations of Synthol CFB reactor and designed
a full scale commercial unit which came on stream in mid-1989.
Higher conversions and yields were achieved compared to the CFB
Synthol units. Sasol demonstrated that the cost of the new reactor
is half of that of an equal capacity CFB unit [12,17].

In this work, we aim to maximize the production of high octane
C5

+ on bifunctional Fe-HZSM5 catalyst through HTFT process in the
fixed-bed cascading with bubbling fluidized-bed membrane reac-
tor. So, initially, this proposed concept is mathematically modeled
and pursuant to simulation, an optimization approach is applied to
determine the optimum fluidization conditions and catalyst size,
the best ratios of H2/CO and reactors lengths, the most appropriate
pressures of second reactor and finally the optimal cooling water
and feed gas temperature. Optimization tasks are investigated by
novel optimization tools, genetic algorithms. Genetic algorithms
are imitation of natural evolution and are believed as powerful opti-
mization techniques among stochastic methods [18]. Consequently,
maximum production rate of C5

+ in proportion to utmost conver-
sion of CO2 to FTS products is obtained. A comparative study is
carried out to compare the performance of optimized fluidized-bed
dual-type (OFD) and optimized fluidized-bed membrane dual-type
(OFMD) reactor with conversional fixed-bed single stage (FixS),
respectively. Also, fluidized-bed dual-type reactor (FD) resembles
to FMD system with no membrane. Therefore, the FD model is same
as FMD model unless H2 permeation rate equals to zero.

2. Genetic algorithm

Genetic algorithm (GA) is a class of probabilistic optimization
algorithms, inspired by the biological evolution process. GA main-
tains a population of candidate solutions for the problem at hand
and makes it evolve by iteratively applying a set of stochastic opera-
tors. The first step in optimization is defining the objective function
and its decision variables constrained depending on the type of
problem in hand. These constraints will form penalty functions
which should be considered in the mentioned method.

Basic components of GA are gene, chromosome and population.
Gene is any decision variable. Chromosome is any complete set of
genes. Therefore, objective function is a function of chromosomes.
Population is defined as a set of chromosomes [19].

3. Process description

As will be described in later sections, the Fischer–Tropsch
synthesis has been investigated in a fixed-bed single stage and
fixed-bed cascading with fluidized-bed membrane reactor which

they are packed with bifunctional Fe-HZSM5 catalyst (metal
part:100 Fe/5.4 Cu/7 K2O/21 SiO2, acidic part: SiO2/Al2O3 = 28). The
optimum conditions of this catalyst have been determined to be
300 ◦C, 17 bars and the inlet H2/CO ratio of 0.96 to get maximum
C5

+ production [7].
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Fig. 1. Schematic diagram of a fixed-bed single stage Fischer–Tropsch synthesis
reactor (FixS).

Table 1
FTs pilot plant characteristics.

Parameter Value

Tube dimension [mm] Ø38.1×3×6000
Molar ratio of H2/CO in feed 0.96
Feed temperature [K] 569
Reactor pressure [kPa] 1700
Cooling temperature [K] 566.2
Catalyst sizes [mm] Ø2.51×5.2
Catalyst density [kg m−3] 1290
Bulk density [kg m−3] 730
Number of tubes 1
Tube length [m] 12
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GHSV [h−1] 235
Bed voidage 0.488
Feed molar flow rate [gmol/s] 0.0335

.1. Conventional fixed-bed FTS reactor (FixS)

In industrial fixed-bed Fischer–Tropsch reactors, multi-tubular
eactors cooled by pressurized boiling water are often used. Fig. 1
hows a schematic of the fixed-bed multi-tubular FTS reactor.
able 1 presents the characteristics of the fixed-bed single stage
ndustrial reactor [7,8].
.2. Fixed-bed cascading with fluidized-bed membrane reactor
FMD)

Fig. 2 shows the schematic diagram of a fixed-bed cascading with
uidized-bed membrane reactor configuration for Fischer–Tropsch

able 2
atalyst and specifications of fixed-bed cascading with fluidized-bed membrane reactor.

Water-cooled

atalyst density [kg m−3] [7] 1290
atalyst equivalent diameter [m] 3.83×10−3 [6
olar ratio of H2/CO in feed [7] 0.96

ow rate per tube [gmol s−1] 0.0335 [7]
eed temperature [K] [6] 565
eactor pressure [kPa] [6] 1700
ooling temperature [K] [6] 566
ulk density [kg m−3] [6] 730
ube length [m] 7.2
ube size [mm] Ø21.2×4.2
umber of tubes 180
ed voidage 0.488 [6]
atalyst thermal conductivity [kJ m−1 s−1 K−1] [6] 0.00625
neering Journal 152 (2009) 543–555 545

synthesis. Fundamentally, this system is based on the two-stage
reactor consisting of a water-cooled and a synthesis gas-cooled
reactor. The vertical tubes of fixed-bed reactor and shell side of
fluidized-bed reactor are packed by catalysts. As shown in Fig. 2,
firstly, the feed synthesis gas is flowing through the tubes of
fluidized-bed reactor from upside. The walls of these tubes consist
of hydrogen-permselective membranes. Thus, the mass and heat
transfer processes simultaneously occur between both sides and
hydrogen permeation arisen from hydrogen partial pressure gradi-
ent can improve the products yields. This simulation study is based
on a Pd–Ag layer thickness of 1.2 �m. Then, the preheated synthesis
gas is fed to the tubes of the water-cooled reactor and the chemical
reaction is initiated by the catalyst. As known, FT synthesis reactions
are highly exothermic and so, the cooling water in the shell side
of fixed-bed reactor discharges the heat of reactions. In this stage,
the partial conversion of synthesis gas to FT synthesis products
is accomplished. The reacting gas containing hydrocarbons leaves
the fixed-bed reactor and enters into the bottom of the fluidized-
bed. The reacting materials flowing up through the fluidized-bed
is in contact with fresh synthesis gas which is flowing downward
through the tubes. The chemical reactions are continued on the
catalyst surfaces in fluidized-bed system and the generated heat is
removed by synthesis gas in tubes. Therefore, the reacting gas tem-
perature is continuously reduced through the reaction path in the
fluidized-bed reactor [11,20]. Finally, the products are transferred
to Hydro Cracking Unit.

The all specifications of the water-cooled reactor in fixed-bed
cascading with fluidized-bed membrane configuration are same as
fixed-bed single stage FTS reactor with exception of reactor length.
The length of fixed-bed reactor of the combined reactors has been
selected 7.2 m.

Our concept plans to combine the advantages of combination
of fixed and fluidized-beds reactors with hydrogen-permselective
membrane to achieve higher conversion of synthesis gas to rela-
tively light hydrocarbons such as C5

+. Catalyst characteristics and
specifications of fixed-bed cascading with fluidized-bed membrane
reactor have been listed in Table 2.

4. Mathematical model

A one-dimensional heterogeneous model comprising a set of
heat and mass transfer equations and the kinetics of the main reac-
tions are chosen in this work to simulate the combination of fixed
and fluidized-bed membrane reactors.
4.1. Reaction network

The Fischer–Tropsch components include H2, CO, CO2, H2O, CH4,
C2H6, C3H8, n-C4H10, i-C4H10 and C5

+. The following reactions are

reactor (first reactor) Gas-cooled reactor (second reactor)

1290
] 0.2×10−3 [25]

–
0.377
–
2200
–
-
4.8
Ø21.2×4.2
16
0.56 (min fluidization)
0.00625
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Fig. 2. Schematic diagram of a Fixed-bed cascading wi

onsidered as dominate FTS reactions [8]:

O+ 3H2
R1−→CH4 +H2O (1)

CO+ 4H2
R2−→C2H4+ 2H2O (2)

CO+ 5H2
R3−→C2H6 + 2H2O (3)

CO+ 7H2
R4−→C3H8 + 3H2O (4)

CO+ 9H2
R5−→n-C4H10 + 4H2O (5)

CO+ 9H2
R6−→i-C4H10 + 4H2O (6)

.05CO+ 12.23 H2
R7−→C6.05H12.36(C+5 )+ 6.05 H2O (7)

O+H2O
R8←→CO2 +H2 (WGS reaction) (8)

The reaction rate equation [8] is as follows and the kinetic
arameters are given in Table 3:

t = 0.278kt exp
(−Ei

RT

)
Pm

COpn
H2

[mol kgcat
−1 s−1] (9)
The kinetic model is valid for temperatures between 290 and
10 ◦C; pressures between 15 and 23 bars and H2/CO ratio between
.76 and 1.82 [7].

able 3
inetics parameters data [7].

eaction no. m n k E

−1.0889 1.5662 142583.8 83423.9
0.7622 0.0728 51.556 65018
−0.5645 1.3155 24.717 49782

0.4051 0.6635 0.4632 34885.5
0.4728 1.1389 0.00474 27728.9
0.8204 0.5026 0.00832 25730.1
0.5850 0.5982 0.02316 23564.3
0.5742 0.710 410.667 58826.3
dized-bed membrane Fischer–Tropsch reactor (FMD).

4.2. Fixed-bed cascading with fluidized-bed membrane reactor
model (FMD)

4.2.1. Water-cooled reactor (first reactor)
The fixed-bed water-cooled reactor has been modeled according

to the following assumptions:

a) One-dimensional plug flow.
b) Axial dispersion of heat is negligible compared to convection.

(c) Ideal gas law.

The mass and energy balance equations for gas phase can be
written as follows:

− fto
Ac

dyi

dz
+ avctkgi(yis − yi) = 0 i = 1, 2, . . . , N − 1 (10)

− fto
Ac

cpg
dT

dz
+ avhf (Ts − T)+ �Di

Ac
Ushell(Tshell − T) = 0 (11)

where yi and T are the gas phase mole fraction and temperature,
respectively.

The boundary conditions for gas phase equations at inlet of reac-
tor are expressed by

z = 0, yi = yi,in, T = Tin (12)

The mass and energy balance equations for the catalyst pellets
can be formulated as follows:

kgiavct(yi − yis)+ �B�ri = 0, i = 1, 2, . . . , N − 1 (13)

avhf (T − Ts)+ ��B

∑B

j=1
rj(−�Hfj) = 0 (14)

where yis and Ts are the mole fractions and temperature on the
catalyst surface, respectively. Fixed-bed single stage FTS reactor is
modeled similar to the above equations for water-cooled reactor of
combination reactor system.

4.2.2. Fluidized-bed reactor (second reactor)

4.2.2.1. Tube side (fresh feed synthesis gas). The mass balance equa-
tion for hydrogen in tube side is as follows:

fto
Ac

dyh

dz
+ ˛H

As

(√
Pt

H −
√

Psh
H

)
= 0 (15)
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here ˛H is the hydrogen permeation rate constant (see Eq. (B-2)
n Appendix B), Pt

H and Psh
H are the hydrogen partial pressures in the

ube and shell sides, and yh is the hydrogen mole fraction in the
ube side, respectively.

The energy balance equation for tube side is also written as
ollows:

fto
Ac

cpgt

dTt

dz
+ ˛H

As

(√
Pt

H −
√

Psh
H

)
cpH(T − Tt)

− �Di

Ac
Utube(T − Tt) = 0 (16)

here Tt indicates temperature of synthesis gas in tube side and T
s temperature of reacting materials in shell side, respectively.

The boundary conditions at inlet of tubes are as follows:

t z = L, yi = yif , T = Tf (17)

.2.2.2. Shell side (reacting gas flow). Industrial fluidized-bed reac-
ors, especially gas–solid catalytic reactor systems, work often in
he bubbling beds [21]. In this study, bubbling regime consisting of
wo phases namely bubble and emulsion phase is assumed. The
wo-phase theory of fluidization is used to model and simulate
he proposed reactor. This theory suggests that the gas flow rate
n the bubble phase is equal to the excess gas flow rate above the
mount needed for minimum fluidization. When bubbles rise in
fluidized-bed, the dense (emulsion) phase continues to trans-

er gas to the rising bubbles. This, in turn, causes the bubbles to
row in size and ascend with higher velocities [22]. The two-phase
heory of fluidization assumes that bubble velocity (ub) remains
onstant throughout the bed [23]. In a fluidized-bed without inter-
als, a macro-scale circulation pattern prevails with down-flow of
he emulsion phase near the wall and up-flow at the center of
he bed [24]. In this model, only up-flow of the emulsion phase
s considered. This is based on the fact that the reactor exhibits
pproximately plug flow behavior.

The shell side model has been developed based on the following
ain assumptions:

a) Radial distribution of concentration is dispensable.
b) Due to rapid mixing, the operation is assumed to be isothermal

which means bubble and emulsion phases have same tempera-
ture.

c) Both phases are in plug flow regime.
d) Hydrogen is only added to the emulsion phase.
e) The axial diffusion of hydrogen through the membrane is

neglected compared to the radial diffusion.
f) Gas flow through the emulsion phase remains constant at min-

imum fluidization velocity.
g) In view of small size of the catalyst, the diffusional resistance

inside the catalyst particles is neglected.
h) Catalyst particles can be found in bubble phase and so compo-

nents can be reacted in rising bubbles, too. But the extension of
chemical reactions in bubble phase is much less than emulsion
phase.

i) Ideal gas behavior is assumed.

As can be seen in Fig. 3, an element of length �z, has been consid-
red. On the basis of the aforementioned assumptions, the bubble
nd emulsion phase mass conservation equations are formulated

s follows:

−ı
ft

Ashell

dyib

dz
+ ıkbeictab(yie − yib)+ ı��p

∑8

j=1
rbij = 0,

i = 1, 2, . . . , N − 1 (18)
Fig. 3. An element of length, �z, in fluidized-bed.

−(1− ı)
ft

Ashell

dyie

dz
+ (1− ı)�e�

∑8

j=1
rij + ıkbeiabct(yib − yie)

+ (1− ı)
˛H

As

(√
Pt

H −
√

Psh
H

)
= 0 (19)

where yib and yie refer to the mole fraction of each component
in bubble and emulsion phase, respectively. Kbei is mass transfer
coefficient between bubble and emulsion phases and � is volume
fraction of catalyst bed occupied by solid particles in the bubble
phase. Ashell is the equivalent cross-sectional area of shell around
each tube.The heat balance equation between the shell and tube of
gas-cooled reactor is written by

−(1− ı)
˛H

As

(√
Pt

H −
√

Psh
H

)
cpH(T − Tt)+ (1− ı)��e

×
∑8

j=1
rj(−�Hfj)+ ��Bı�

∑8

j=1
rbj(−�Hfj)

+ �Di

Ashell
Ushell(Tt − T) = 0 (20)

when ˛H is zero, the membrane is not permeable to hydrogen
and the model is used for fixed-bed cascading with fluidized-bed
FTS reactor in which membrane is not applied. The auxiliary and
hydrogen permeation correlations are given in Appendixes A and
B, respectively and the input data are observed in Tables 1 and 2.
The calculated value of effectiveness factor for fixed-bed reactor is
equals to 0.9 [25]. The value of effectiveness factor for fluidized-
bed reactor is close to unity due to the elimination of diffusional
limitations [26].

5. Numerical solution

The governing equations of this model form a set of differ-
ential algebraic equations which is consisted of the equations of
mass and energy conservative rules. This set of equations has to be
coupled with non-linear algebraic equations of the kinetic model,

fluidized-bed hydrodynamic properties, transport properties, and
other auxiliary correlations. Backward finite difference approxima-
tion is applied here to solve this set of equations.

The obtained non-linear algebraic equations are a boundary
value problem and have been solved using the shooting method.
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Table 5
The optimized parameters for the proposed FTS
reactor system.

Tshell (K) 540
Tf (K) 567
Lratio 1.88
H2/CO ratio 1.02
Pt (bar) 57
Ps (bar) 22
dp (mm) 0.154
db,ave (cm) 3.2
ub (m/s) 0.813
umf (m/s) 0.078
u (m/s) 0.492

Fig. 5 shows the effects of optimization results on the fluidization
behavior. Fig. 5(a) displays bubble diameter profile along the height
of fluidized-bed according to Werther correlation. Using optimized
parameters, the bubble size becomes less than non-optimized sys-
tem. Since the bubble rising velocity is correlated with bubble
48 M.R. Rahimpour, H. Elekaei / Chemica

he shooting method converts the boundary value problem to an
nitial value one. The solution is possible by trial and error method.
he water and gas-cooled reactors are divided into 19 and 13
odes, respectively and then Gauss-Newton method is used to solve
he non-linear algebraic equations in each node [25]. Matlab pro-
ramming language is used as application software for numerical
imulation [27].

. Optimization and results

.1. Model validation

Model validation was carried out by comparison of the pro-
osed model results for fixed-bed single stage FTS reactor with
he RIPI pilot plant data [7] under the design specifications and
nput data. The characteristics of the pilot plant have been tabu-
ated in Tables 1 and 2. Tables 3 and 4 exhibits the model results
nd the corresponding observed data of the pilot plant. As can be
een, the estimated results are in good agreement with the pilot
lant data.

.2. Optimization

GA is applied to determine the optimal reactor operating con-
itions for fluidized-bed membrane dual-type concept. Genetic
lgorithms are mathematical optimization methods that simulate a
atural evolution process. The goal of this work is to maximize the
5

+ production and minimize the CO2 yield during the operation
eriod. When a single type reactor is converted to two reactors, the
atio of lengths is very important for better results. For exothermic
eactions an optimized temperature exists for further production.
s illustrated before, in order to reach the highest C5

+ yield, the
2/CO usage ratio should be equal or close to the optimum H2/CO

atio which should be determined. Selection of best possible size
f catalyst particles evinces inconsiderable internal diffusion lim-

tations with an insignificant pressure drop and affects minimum
uidization velocity (umf). Archimedes number and coefficients of
ass and heat transfer are presented in Appendix A.

Rising velocity of bubbles (ub), mass transfer coefficient between
ubble and emulsion phase (kbe) and specific surface area for bubble
ab) are a function of bubble diameter. On the other hand, vol-
me fraction of bubble phase to overall volume of bed, ı, and heat
ransfer coefficient in fluidized-bed side are dependent on bubble
elocity (ub). Minimum fluidization velocity (umf) and gas phase
elocity (ug) are stated in Appendix A. It seems that an optimum
ubble diameter and particle size can almost optimize the whole
ydrodynamic parameters. Therefore, substantial improvement in

he reactor performance can be achieved by optimizing the tem-
erature profiles, reactors lengths ratio, H2/CO ratio, catalyst size,
hell and tube pressures of second reactor, hydrodynamic param-
ters and gas phase velocity. For this purpose, 10 parameters are

able 4
omparison between results of fixed-bed model with pilot plant data [7].

arameter Pilot plant Predicted Error %

CO (%) 77.94 78.08 0.18
H2 (%) 92.83 93.48 0.7
5

+ selectivity [g/Nm3(CO + H2)] 42.55 45.23 6.298
O2 selectivity [g/Nm3(CO + H2)] 339.07 317.89 −7.22
H4 selectivity [g/Nm3(CO + H2)] 44.15 46.23 4.71
2O selectivity [g/Nm3(CO + H2)] 120.67 117.8 −3.38
2H4 selectivity [g/Nm3(CO + H2)] 3.95 4.22 6.83
2H6 selectivity [g/Nm3(CO + H2)] 11.78 10.7 −9.168
-C4 selectivity [g/Nm3(CO + H2)] 11.07 9.65 −12.82

-C4 selectivity [g/Nm3(CO + H2)] 14.45 12.19 −15.46
3H8 selectivity [g/Nm3(CO + H2)] 9.33 7.82 −16.18
g

Ashell (m2) 0.005
Vreactor (m3) 0.0262
N 25

considered as decision variables. The objective function is to max-
imize the C5

+ yield and minimize the CO2 yield, simultaneously.
The constraint is the temperature of catalyst beds which should be
less than 620 K (catalyst hot spot) along the reactor because at the
temperatures higher than 620 K the catalyst will be deactivated.
This constraint is stated with penalty function and equals “weight
(hot spot temperature–catalyst temperature)” in order to obtain the
reasonable solution. Thus, optimization problem is formulated as
below:

Max f = C+5 yield
CO2 yield

+ 10(620− Ts) (21)

Path consraint : Ts < 620 (K) (22)

6.3. Optimization results

The optimization was carried out and the results are sum-
marized in Table 5. The simulation of fixed-bed cascading with
fluidized-bed membrane configuration is carried out by use of the
optimization results in Table 5. Simulation of the suggested FTS
reactor concept using the optimization results shows 19.6% addi-
tional C5

+ yield in OFMD relative to FMD system.
Fig. 4 shows the objective function at optimized and non-

optimized conditions as a function of reactor length.
Fig. 4. Objective function vs. length of reactor.
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iameter as stated by Eq. (A-9), rising velocity for optimized sys-
em is lower than non-optimized system as shown in Fig. 5(b).
ig. 5(c) shows the mass transfer coefficient between bubble and

+
mulsion phase along the reactor for C5 is higher than values
or non-optimized system. Mass transfer coefficient is inversely
roportional to bubble diameter as stated by Eq. (A-12) so that opti-
ized mass transfer coefficients of each components such as C5

+ is
igher than non-optimized mass transfer coefficients.

ig. 5. Comparison of (a) bubble diameter, (b) rising bubble velocity, (c) mass transfer co
ransfer coefficient profiles along the reactor for optimized and non-optimized systems.
neering Journal 152 (2009) 543–555 549

Fig. 5(d) shows fraction of bed occupied by bubble phase in opti-
mized and non-optimized systems. This parameter is a function of
rising bubble, gas phase velocity and minimum fluidization veloc-

ity. Finally Fig. 5(e) clarifies that there is an improvement of heat
transfer coefficient along the reactor for optimized conditions.

Fig. 6 shows a comparison between different types of FTS reac-
tors discussed in this research. This figure presents the profiles of
yields of FTS products along the FixS, OFD and OFMD. According

efficient of gasoline, (d) fraction of bed occupied with bubble phase, and (e) heat
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o Fig. 6(a), the C5
+ yield obtained by the optimized fluidized-bed

embrane dual-type system is remarkably higher than fixed-bed
ingle stage FTS reactor. Also, this figure confirms the 45.9% addi-
ional yield of C5

+ in OFMD respect to FixS. Obviously, the small

ig. 6. Comparison of production yield profiles for (a) C5
+, (b) C3H8, (c) CH4, (d) C2H6, (e)

f reactors.
neering Journal 152 (2009) 543–555
difference between OFMD and OFD performances is attributed to
the positive effect of applying membrane in OFMD. Carbon diox-
ide is produced by the equilibrium water–gas-shift (WGS) reaction
and CO2 is converted to FTS products as well. At the higher tem-

C2H4, (f) CO2, (g) iso-butane and (h) normal butane along the three different types
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Fig. 6.

eratures used in the HTFT process, the WGS reaction is rapid and
oes to equilibrium, which allows CO2 to be converted to FTS prod-
cts as well. Fig. 6(f) clearly shows that the performance of OFMD
ystem suppresses the formation of the undesired products, CO2,
nd thus enhances production of the desired hydrocarbon prod-
cts. As seen in Fig. 6(a), (b), (d), (g) and (h), the highest propane,
thane, normal butane, isobutene and C5

+ production is related
o OFMD reactor system but the most production of ethylene is
esulted by FixS system. Methane is often not regarded as a product,
specially not if natural gas is the feedstock. Therefore, methane is
ften reformed back to synthesis gas and then fed to the FTS reactor
gain [29]. Fig. 6(c) represents methane yield production along the
hree types of reactors. The most and least methane production is
bserved in FixS and OFMD systems, respectively. Consequently,
rom FTS products distribution standpoint, fixed-bed cascading

ith fluidized-bed membrane reactor in optimized conditions can
e the most favorable configuration.

Fig. 7 illustrates the comparison of hydrogen and carbon monox-

de conversion for OFMD, OFD and FixS. As shown in this figure,
FMD has several advantages over OFMD, OFD and FixS systems.
hese advantages are lower pressure drop, lower mass transfer

imitations due to very small particle size, and control dozing of

Fig. 7. Comparison of (a) H2 conversion and (b) CO conve
nued ).

the hydrogen partial pressure along the reactor so that the utmost
conversion of reactants is achieved by OFMD.

As understood from Fig. 7(a), hydrogen consumption in the first
half of the reactors is relatively high. Therefore, there might be a
leak of hydrogen in the second section of reactors. Adding hydro-
gen to H2-poor reacting gas through the Pd–Ag membrane also
leads to more conversion of reactants and so more production of
hydrocarbons.

Fluidized-bed system eliminates the radial and axial tem-
perature gradients due to excellent heat transfer characteristics.
Fixed-beds have relatively poor heat transfer coefficient as com-
pared to fluidized-beds, thus the control of their temperature
profiles are more difficult. The temperature uniformity as a result
of very good heat transfer and temperature equalization character-
istics of fluidized-bed improves the products distribution. Heavy
products on the catalyst pellets in fluidized-bed and HTFT system
can be deposited and leads to more C5

+ and linear low molecular-
mass olefins production.
Fig. 8 compares the reacting gas temperature of different reactor
types. As it is shown in this figure control of temperature in OFMD
reactor system is easier and the risk of hotspot and temperature
runaway is least. The processing gas temperature of FMD configu-

rsion profiles along the three different FT systems.
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terms of [g m−3 h−1]. Some considerable features of the fixed-bed
ig. 8. Comparison of reacting gas temperature profiles along the three different
ypes of FT systems.

ation was optimized using the results of feed and cooling water
emperature optimization.

Fig. 9 displays the coolant temperature along the three types of
entioned FTS systems. In combination of fixed and fluidized-bed

eactor configurations there are two different coolants. The first
oolant is fresh synthesis gas in gas-cooled reactor and the sec-
nd coolant is saturated water in water-cooled reactor which is
onverted to saturated steam due to thermal exchange with reac-
ion side. Thus, a horizontal line is resulted for coolant temperature
rofile along the water-cooled reactor as shown in Fig. 9. Also the

resh synthesis gas is heated as moves along the tubes of gas-cooled
eactor and is prepared to reach to suitable temperature for initi-
tion of reaction in water-cooled reactor. Due to heating of fresh
ynthesis gas by heat of reaction the need for a large pre-heater is
liminated.

Fig. 10 displays the hydrogen permeation rate profile along the
xed-bed cascading with fluidized-bed membrane reactor in opti-
ized and non-optimized conditions. As presented in Appendix

, hydrogen permeation flux depends on H2 partial pressure dif-
erence between two sides, membrane thickness, tube length and

ynthesis gas temperature. According to Arrhenius law, increasing
emperature promotes hydrogen permeability. Fig. 10 introduces
ptimized system as the pre-eminent system with a view to hydro-
en permeation rate. Applying optimum values of shell and tube

ig. 9. Comparison of coolant temperature profiles along the three different types
T systems.
Fig. 10. Hydrogen permeation rate profile for optimized and non-optimized system.

pressures, reactor length and temperatures (listed in Table 5)
increases the hydrogen permeation rate remarkably.

A comparison of carbon molar selectivity of products between
FixS, OFD and OFMD configurations is presented in Fig. 11. Here,
carbon molar selectivity of each component is defined as [22]:

S = moles of C atom in product
moles of CO consumed

× 100% (23)

According to this comparison, the combination of fixed-bed and
membrane assisted fluidized-bed concept in optimized conditions
enhances the C5

+ selectivity and likely declines methane and car-
bon dioxide selectivity. Therefore OFMD exhibits the best results,
whether for desired products or undesired products.

Fig. 12 shows a comparison of yield profiles [g (reactor
volume)−1 h−1] of C5

+, i-C4H10, CO2 and CH4 along the FixS and
OFMD. The equivalent volume of the fixed-bed cascading with
fluidized-bed membrane configuration in optimized conditions (for
each tube) is about 1.5-fold of the volume of fixed-bed single stage
FTS reactor.

Above figures demonstrate an enhancement in C5
+ production

about 1.7% and a significant decrease in CO2 and CH4 production, in
cascading with fluidized-bed membrane reactor like higher pro-
duction of C5

+ and properly products distribution suggest that the
proposed concept in optimized conditions is an interesting candi-

Fig. 11. A comparison between products selectivities of various reactor systems.
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Fig. 12. Production capacities profiles of (a) C5
+, (b) i-C4

ate for application in Fischer–Tropsch synthesis. However, from an
ndustrial point of view there are still many issues to be addressed
efore putting a case for successful commercialization. These issues
re difficulties in reactor construction, erosion of reactor internals,
atalyst attrition due to high flow velocities in fluidization regime,
he cost of CO2 capture, the cost of membranes and their fouling
nd sealing in the fluidization conditions.

. Conclusion

A novel fixed-bed cascading with fluidized-bed membrane con-
guration for Fischer–Tropsch synthesis was optimized to increase
5

+ production yield and decrease byproducts. The potential pos-
ibilities of the different configurations of cascading FTS reactors
ere analyzed using one-dimensional packed bed model for
rst reactor and two phase bubbling model in second reactor

o obtain the necessary comparative estimates. The mathemat-
cal model was validated against the RIPI pilot plant data and
hen optimized to maximize C5

+ production and minimize CO2
ield. The optimization method used is based on Genetic Algo-
ithms. C5

+ to CO2 yield ratio was considered as optimization
riterion to be maximized; also, 10 variables are tuned. Lastly,

ptimization results were compared with results of fixed-bed sin-
le stage FTS reactor. This comparison shows 1.7% in terms of
g (reactor volume)−1 h−1] or 45.9% in terms of [g/g feed×100]
dditional C5

+ yield and also a significant decrease in forma-
ion of CO2 along the OFMD reactor. These features suggest that
) CO2 and (d) CH4 along the FixS and OFMD [g m−3 h−1].

the proposed concept can be an interesting candidate for pro-
ducing C5

+ from synthesis gas. Nevertheless, an investigation
in relation to the environmental impacts, commercial viability
and economic of the proposed configuration is necessary to be
commercialized.
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Appendix A. Auxiliary correlations

A.1. Fixed-bed reactor correlations

The mass transfer coefficients between the gas phase and the
solid phase in fixed-bed reactor (first reactor) have been taken from
Cussler [24]:
kgt = 1.17Re−0.42Sc−0.67
t ug × 103 (A-1)

Re = 2Rpug

�
(A-2)
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ci =
�

�Di
m10−4

(A-3)

The diffusivity of each component in the gas mixture is given by
30]:

im =
1− yi∑

i /= j(yi/Dij)
(A-4)

ij =
10−7T3/2

√
(1/Mi)+ (1/Mj)

P(�3/2
ci
+ �3/2

cj
)
2

(A-5)

here Dij is the binary diffusivity calculated using the
uller–Schetter–Giddins equation [25]. Mi and �ci are the molecular
eight and critical volume of component i.

The overall heat transfer coefficient between the circulating
oiling water of the shell side and the bulk of the gas phase in the
ube side is given by the following correlation:

1
Ushell

= 1
hi
+ Ai ln (Do/Di)

2�LKw
+ Ai

Ao

1
ho

(A-6)

here hi is the convection heat transfer coefficient between the
as phase and the reactor wall and is obtained by the following
orrelation [26]:

hi

cp��

(
cp�

	

)2/3
= 0.458

εB

(
�udp

�

)−0.407

(A-7)

here εB is the void fraction of the catalytic bed and dp is the equiv-
lent catalyst diameter and the other parameters are related to bulk
as phase.

To calculate the heat transfer coefficient of boiling water in the
hell side at high pressure, Leva correlation is applied [25]:

o = 282.2P4/3 �T2, 0.7 < P < 14 MPa (A-8)

.2. Fluidized-bed reactor correlations

The empirical correlations for the hydrodynamic parameters
sed in the proposed model have been taken from the literature,
lthough they were originally obtained for beds without internals.

Based on two-phase theory, Harrison and Davidson suggested
he following correlation for the rising velocity of bubbles [28]:

b = u0 − umf + 0.711(gdb)0.5 (A-9)

The following correlation has been selected for minimum flu-
dization velocity [23]:

mf =
(

�g

�gdp

)(√
27.22 + 0.0408Ar − 27.2

)
(A-10)

here Ar is Archimedes number.
The following correlation is used to calculate the bubble diam-

ter at each height of a catalytic bed [28]:

b = 0.00853(1+ 0.272(u0 − umf ))1/3(1+ 0.0684z)1.21 (A-11)

The mass transfer coefficient between the bubble phase and the
mulsion phase in fluidized-bed reactor is expressed by [24]:

bei = 0.75umf +
(

gDmi
2

db

)0.25

(A-12)

here Dm is the diffusivity of each component in the gas mixture.

he heat transfer coefficient between the bubble phase and the
mulsion phase in fluidized-bed reactor is written as follows:

= hg + hr + (1− ı)

(
2k0

ew

dp
+ 0.05cpg�gu0

)
(A-13)
neering Journal 152 (2009) 543–555

where hg and hr are convection and radiation heat transfer coeffi-
cient, respectively. k0

ew is the effective conductivity of a thin layer
of bed near the wall surface and ı is the fraction of bed occupied by
bubble phase as follows [28]:

ı = u− umf

ub + umf
(A-14)

Appendix B. Hydrogen permeation correlations

The flux of hydrogen permeating through the palladium mem-
brane, jH, will depend on the hydrogen partial pressure difference
between the two sides of the membrane. Here, the hydrogen per-
meation is determined assuming the Sieverts law [29]:

jH = ˛H

(√
Pt

H −
√

Psh
H

)
(B-1)

where ˛H is hydrogen permeation rate constant and is defined as
[31]:

˛H =
2�Lp̄

ln (Ro/Ri)
(B-2)

where Ro and Ri stand for outer and inner radius of Pd–Ag layer.
Here, the hydrogen permeability through Pd–Ag layer is determined
assuming the Arrhenius law, which is a function of temperature as
follows [32]:

p̄ = p0 exp
(−Ep

RT

)
(B-3)

where the pre-exponential factor p0 above 200 ◦C is reported
as 6.33×10−8 mol m−2 s−1 Pa−1/2 and activation energy Ep is
91270 kJ/kmol [32].

Appendix C. Nomenclature

Symbol Unit Definition

Ac m2 Cross-sectional area of each tube
Ai m2 Inner area of each tube
As m2 Lateral area of each tube
Ashell m2 Cross-sectional area of shell
ab m2 Interface area between bubbles and

emulsion phase
av m2 m−3 Specific surface area of catalyst pellet
cPg J mol−1 K−1 Specific heat of the gas at constant pressure
cPgt J mol−1 K−1 Specific heat of the gas inside the tube at

constant pressure
cpH J mol−1 K−1 Specific heat of hydrogen at constant

pressure
cPs J mol−1 K−1 Specific heat of the catalyst at constant

pressure
ct mol m−3 Total concentration
Di m Tube inside diameter
Dij m2 s−1 Binary diffusion coefficient of component i

in component j
Di

m m2 s−1 Diffusion coefficient of component i in the
mixture

Do m Tube outside diameter
dp m Particle diameter
hf W m−2 K−1 Gas-catalyst heat transfer coefficient
hi W m−2 K−1 Heat transfer coefficient between fluid

phase and reactor wall
ho W m−2 K−1 Heat transfer coefficient between coolant

stream and reactor wall
Ft mol s−1 Total molar flow rate in shell side
ft0 mol s−1 Total molar flow rate in tube side
K W m−1 K−1 Conductivity of fluid phase

−1 −1
kgi m s−1 Mass transfer coefficient between gas and
solid phase for component i

kbei m s−1 Mass transfer coefficient between bubble
and emulsion phase for component i

L m Length of reactor
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ppendix C (Continued )

ymbol Unit Definition

i g mol−1 Molecular weight of component i
– Number of components

t
H

bar Tube side pressure
sh
H

bar Shell side pressure
¯ mol m−1 s−1 Pa−1/2 Permeability of hydrogen through Pd–Ag

layer
0 mol m−1 s−1 Pa−1 Pre-exponential factor of hydrogen

permeability
J mol−1 K−1 Universal gas constant

e – Reynolds number
i m Inner radius of Pd–Ag layer
o m Outer radius of Pd–Ag layer

i mol kg−1 s−1 Reaction rate of component i

bi mol kg−1 s−1 Reaction rate of component i in bubble
phase

ci – Schmidt number of component i
K Bulk gas phase temperature

s K Temperature of solid phase
shell K Temperature of coolant stream in first

reactor
t K Temperature of coolant stream in second

reactor
shell , Utube W m−2 K−1 Overall heat transfer coefficient between

coolant and process streams
g m s−1 Linear velocity of gas phase
b m s−1 Rising bubble velocity
i mol mol−1 Mole fraction of component i in the fluid

phase
is mol mol−1 Mole fraction of component i in the solid

phase
ie mol mol−1 Mole fraction of component i in the

emulsion phase
ib mol mol−1 Mole fraction of component i in the bubble

phase
m Axial reactor coordinate

reek letters
H mol m−1 s−1 Pa−0.5 Hydrogen permeation rate constant
Hf,i J mol−1 Enthalpy of formation of component i
H298 J mol−1 Enthalpy of reaction at 298 K

– Bubble phase fraction
B – Void fraction of catalytic bed
s – Void fraction of catalyst
mf – Void fraction of bed at minimum

fluidization
– Volume fraction of catalyst occupied by

solid particles in bubble
kg m−1 s−1 Viscosity of fluid phase

ci cm3 mol−1 Critical volume of component i
kg m−3 Density of fluid phase

B kg m−3 Density of catalytic bed
e kg m−3 Density of emulsion phase
p kg m−3 Density of catalyst

– Catalyst effectiveness factor

uperscripts and subscripts
Feed conditions

n Inlet conditions
ut Outlet conditions

Catalyst surface
h Shell side

Emulsion phase
Bubble phase
Tube side
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